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A model is presented for the gasification of beech wood particles in a bubbling fluidized
bed gasifier (BFBG). The model encompasses the hydrodynamics of the solid and gas
phases as well as the different reaction kinetics. It also accounts for the freeboard where
additional homogeneous reactions take place. The influential impact of the pyrolysis step
on the final composition of produced fuel gas was demonstrated by applying two different
kinetic models for pyrolysis. Model results are compared with the experimental work of
this study and other published results on wood gasification in BFBG. Effects of equiva-
lence ratio (ER), steam to biomass ratio (SB), bed temperature, feed location, and mass
transfer between the countercurrent regions (K,,) on the gas composition of product fuel
gas are studied. The model shows good agreement with the experimental results. © 2006
American Institute of Chemical Engineers AIChE J, 52: 4258—-4272, 2006
Keywords: gasification, pyrolysis, biomass, fluidized bed reactor, mathematical model-
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Introduction

Gasification is the thermal conversion of solid carbonaceous
materials to combustible fuel gas. Coal gasification, a fairly old
process, has been widely used to harness energy from coal in a
more environmentally benign fashion. Biomass is indeed noth-
ing but young coal and can be featured as an alternative to coal.
Two main reasons for their boost as an alternative energy
source can be recognized. First, renewable energy sources
mitigate greenhouse gas emission because CO, emitted from
thermal conversion is naturally sequestered by photosynthesis.
Second, biomass use as an energy resource relieves municipal
and agricultural waste management from the burden of volu-
minous waste.

Coal gasifiers can be converted to biomass gasifiers by
certain modifications. The difference between coal and bio-
mass, however, mostly arises from the larger amount of volatile
matter in biomass, which makes it more reactive compared to
coal. This necessitates the need for biomass gasification stud-
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ies. Many studies on the modeling of coal gasifers, in general,
and coal gasification in bubbling fluidized beds, in particular,
can be found in the literature. Nevertheless, modeling biomass
gasification in bubbling fluidized beds has not been amply
addressed. As recently indicated by Corella et al.,’ only a few
articles on the modeling of biomass bubbling fluidized bed
gasifiers (BFBGs) can be found in the literature.

In general, two different approaches can be identified in the
modeling of biomass gasification in BFBGs. The first approach
is a kinetic-free equilibrium calculation to estimate the final
composition of product gas.>” The second approach, however,
is more robust and takes into account the kinetics of the
reactions along with the fluidized bed hydrodynamics.3-1° The
first approach is not a dynamic modeling and does not take into
account the underlying chemical and transport phenomena,
particularly pyrolysis and tar formation.

Double et al.? classified the modeling of biomass gasification
in BFBGs based on the equilibrium approach. In some studies,
the whole gasification mechanism—including drying, primary
and secondary pyrolysis, and other chemical reactions in the
gas and the solid phases—is considered as an equilibrium
stage>7 and, in other studies, only pyrolysis is the equilibrium
stage.!!:12 Mansaray et al.5 used an Aspen® simulator to model
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Table 1. Beech Wood Properties

Component/Property Weight Percentage

Proximate analysis

Char 18

Volatile 81

Ash 0.8
Ultimate analysis

C 48.27

H 6.36

(0] 452

N 0.14

Wood particle size, d <1 mm

s Uy

rice husk gasification in a BFBG with a specially designed
distributor. Bilodeau et al.'' and Sadaka et al.'> used a
semiequilibrium model in which the gases resulting from py-
rolysis have been accounted for through equilibrium calcula-
tions. These models can predict the variations of temperature
and gas concentration in the reactor but they lack the tar
formation and its cracking.

Kinetic nonequilibrium models that couple pyrolysis and
both homogeneous and heterogeneous reactions (including tar
formation and cracking) with transport phenomena in fluidized
beds are few. Corella et al.' briefly reviewed the existing
models for BFBGs.

In kinetic modeling of BFBGs, one needs hydrodynamics of
the bed along with the kinetics of pyrolysis and various homo-
geneous and heterogeneous reactions. The hydrodynamics of
the fluidized bed has been well studied. Most hydrodynamic
properties of fluidized beds, however, have been derived at
ambient temperature. Solids mixing in the fluidized bed was
studied at high temperatures in our lab using radioactive par-
ticle tracking (RPT).'* A two-phase countercurrent back-mix-
ing model (CCBM) was used in that study to model mixing of
solid particles. Pyrolysis of beech wood was also studied at
moderate heating rates of 10-50 K min~'.14

In the present study, the experimental results of beech wood
gasification in a bubbling fluidized bed are used to evaluate a
model for a BFBG. The presented model unifies the two
previously studied aspects of the BFBG, that is, hydrodynamics
at high temperatures and pyrolysis, in a single model and
evaluates the pyrolysis kinetic model derived at moderate heat-
ing rates. To underscore the effect of the pyrolysis kinetic
model on overall gas composition of the product gas, the
previous kinetic model is compared with the one developed by
Nunn et al.!'s at very high heating rates. The model is also
evaluated with other experimental data. The effect of feed
location and gasifying agent are evaluated in this way.

Experimental

Beech wood particles with a maximum diameter of 1-2 mm
(average < 1 mm) were used as the biomass material in this
study. The chemical properties of wood particles are presented
in Table 1. An atmospheric fluidized bed reactor was designed
and built to carry out biomass gasification experiments. Figure
1 shows a schematic of the reactor. The reactor is made of
stainless steal and withstands temperatures as high as 900°C.
The bed—freeboard area and the disengagement zone have inner
diameters (IDs) of 78 and 150 mm, respectively; heights of the
bed—freeboard and disengagement zones are 750 and 900 mm,
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respectively. The reactor consists of three heating zones. The
temperature in each zone can be controlled separately. These
zones include the preheating zone, where the fluidizing gas
enters the reactor; the bed; and the freeboard zone. Tempera-
ture in each zone was measured by means of several K-type
thermocouples. The bed consisted of silica sand (Geldart B
classification) particles with an average particle size of 250 wm
and a solids density of 2650 kg/m>. The minimum fluidization
velocity of sand particles at ambient temperature was u,,, =
0.09 m/s. The temperature difference between top and bottom
of the bed was not more than 10°C in different experiments,
which shows a good mixing in the bed.

Sampling ports are installed at five different locations of the
reactor. The isokinetic sampling of product gas at different
heights of the reactor was carried out through a suitable sam-
pling train of impingement bottles to separate tar and solid
particulates from the gas. Product gases, after passing through
the impingement bottles, entered the gas chromatograph (GC).
The micro-GC Varian CP-4900 used in this work has a repeat-
ability relative standard deviation (RSD) of <0.5% for propane
at 1 mol %. The role of the impingement bottles is to avoid tar
and particulate materials entering the GC. The tar content of
produced gas was not measured because of the low range of
biomass flow rate in this study and the deposition of tar
materials all over the cold surfaces, which affects the accuracy
and repeatability of tar measurement. The GC was equipped
with a thermal conductivity detector (TCD) and two columns.
Molecular-sieve and Porapak® columns were used simulta-
neously to separate the resulting gases. A rotameter was used in
the sampling line to adjust the flow rate of the sampling gas.
Beech wood particles were fed to the reactor through a screw
feeder. The feeding rate of the wood during the experiments
varied from 5 to 20 g/min. The wood particles in gasification
experiments had essentially the same particle size as in the
previous TGA/GC experiments, where the kinetics of pyrolysis
was studied.'#

The feeding point is located at the top of the bed and close
to the bed surface, and thus the temperature at the feeding point
is considered to be the same as the bed temperature. Air at
ambient temperature was used as the gasifying agent. The flow
rate of air was measured by means of a rotameter. The super-
ficial gas velocity in the bed ranged from 0.13 to 0.30 m/s at the

0.90m

0.75m Biomass

feeding

Figure 1. Bubbling fluidized bed gasifier.
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bed condition (high temperature, atmospheric pressure). The
reactor was operated at a bed temperature of 800°C; tempera-
ture of the freeboard was kept in the range of 700-750°C. The
residence time of the gases in the freeboard was dependent on
freeboard temperatures and varied from 2 to 4 s.

Model

A one-dimensional model is used to simulate the fluidized
bed gasifier under isothermal conditions. The fluidized bed and,
consequently, the model consisted of two parts: the fluidizing
bed and freeboard. Immediately after feeding the biomass
materials, because of the instantaneous decomposition of car-
bonaceous material, the gaseous products of pyrolysis are re-
leased in the reactor. The major products of pyrolysis are char,
tar, and end-product stable gases such as CO, CO,, CH,, H,,
and H,O0.

The well-known two-phase model is used to describe the
fluidized bed. The bed is divided into a particle-lean bubble
phase surrounded by a particle-rich emulsion phase. Heteroge-
neous and homogeneous reactions can take place in these
phases. Mass transfer occurs between the bubble and emulsion
phases. Solid phase (char) is modeled by the countercurrent
back-mixing (CCBM) model. The main features and assump-
tions of the model can be summarized as follows:

1. Pyrolysis is considered to take place instantaneously in
the feeding zone of the fluid-bed gasifier. This is be-
cause solid mixing in the experimental condition of this
work is much slower than pyrolysis. The reaction time
constant for overall pyrolysis (Table 3) at the tempera-
ture of the reactor, which is defined as 7, = 1/K,e” "
is in fact one order of magnitude smaller than the mixing
time constant, defined as 7,, = 1/K,,. The ratio of 7,/7,
is in the range of 7-14 for different experimental con-
ditions, which indicates that solid mixing proceeds more
slowly than solid pyrolysis. In other words, wood par-
ticles undergo pyrolysis before they get a chance to mix
in the fluid bed.

2. The yield of different products, including volatile prod-
ucts, char, and tar, is determined based on the kinetic
models developed earlier.'*

3. Carbon is assumed to be the only constituent of char.

4. The bed is under isothermal condition. This is consistent
with the experimental observation during biomass gas-
ification.

5. The composition of products calculated in the pyrolysis
stage is used as the boundary condition in the following
step to solve mass balance equations in the bed and
freeboard.

6. The CCBM model is used to describe char particles
mixing in the fluidized bed.'® This model was applied by
the authors to a fluidized bed of sand particles at high
temperatures.'# Figure 2 is a schematic representation of
the CCBM model. The solid phase is where the heter-
ogeneous reactions of char particles occur. Therefore,
the reaction terms were included in the CCBM model.
Parameters of the CCBM model that were calculated at
high temperatures in our previous work are used in this
study to describe the mixing of char particles.

7. It is assumed that char particles and their change in
properties during the course of the reaction do not

4260 DOI 10.1002/aic

Published on behalf of the AIChE

UnsCasfas | e ‘[ l UaCasliss | ssin

B e

dz [ Ascending phase Descending phase

UasCasfis | » T l Ug,Casfs | -

Figure 2. A demonstration of the CCBM model.

significantly affect the transfer coefficient between the
countercurrent regions (K,,). This is because K,, is pri-
marily affected by the dynamics and size of the bubbles
and, because the total mass of char is negligible com-
pared to that of the inert silica sand particles, the dy-
namics of the bed is not affected.

8. Our earlier experiments and results reveal the impor-
tance of the freeboard area where other homogeneous
reactions, and especially tar cracking, take place.!”
Thus, this zone is also considered in the modeling.

9. The voidage of the dense phase throughout the bed is
equal to g,,.'8

10. The volume fraction of solids in the bubble phase is
taken to be 0.005.'8

Energy balance for a single wood particle

When the solid wood particles enter the hot bed of sands,
they are subject to fast pyrolysis. The rate of temperature
increase in the wood particles is important in calculating the
final yield of different gases. In the range of particle sizes of
this study (<1 mm) the internal heat transfer limitation is
negligible.'® Moreover, the yield of the different products in
pyrolysis of biomass in fluidized bed has been shown to be
independent of particle size in the range of 4 um to 2 mm.?°
This eliminates the possibility of secondary reactions between
the evolving vapor products and tar with char and the conse-
quent thermal impact (endothermic or exothermic) of those
reactions on particle temperature. In this condition, the heat
balance for a single particle can be expressed as follows:

dT
ppCpr E = hmnvA(Tb - T‘p) + O-rmlgmdA(T‘b‘ - ’T;) (1)

The convection heat transfer coefficient is calculated by the
Ranz—Marshall correlation reported by!s

hL'l)'lVd
—"=2+0.6 Re'’Pr'"” )

8

The effective emissivity in the condition of fluidized bed is
calculated according to the correlation developed by Linjew-
ile?!:

1 1 d;\?
smd=8p+d)<]_1> ¢:<1+"pja) 3)
Ep
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Table 2. Parameters Used for Energy Balance

Parameter Value Reference
Wood specific heat C, = 1112.0 + 4.85(T — 273), T kg~ ' K™! Koufopanous et al.22
Density of the wood 360, kg/m? Di Blasi?®
g, for wood particles 0.95 Babu and Chaurasia?*
Effective emissivity, &, 0.8 Linjewile?!
Parameter in Eq. 3, n, 5 Linjewile?!

Stephan—Boltzmann constant, o

567 X 1078 Wm 2K

where €, is the emissivity; &g, is the effective emissivity of the
fluidized bed; and d; and d,, are the diameters of the inert and
active particles, respectively. Thermal properties of wood par-
ticles can be found in Table 2. The density of wood particles
changes during the course of pyrolysis. The change in the
density was assumed to be proportional to the loss of the
volatile matter in the particle which is defined by the following:

V()
p(t) = Po 1 - WXVM (4)
where X,,, is the volatile matter of the wood particles.

Kinetic models

Pyrolysis. The biomass particles undergo pyrolysis upon
their entering the fluidized bed of hot sand particles. Pyrolysis
is indeed the decomposition of biomass structure resulting from
heat. In gasification and pyrolysis, the final composition of
product fuel gas is important. This is because the final heating
value of the gaseous product depends on its composition. In
pyrolysis, therefore, kinetic models for both total devolatiliza-
tion, which determines the extent of produced char, and indi-
vidual gas release should be taken into consideration.

The kinetic model, which is used for all the products, is a
single-step first-order reaction. It can be described by the
following equation:

v,
ar = ke BRI vy 5)

where V; and V¥ are the instantaneous and total amounts,
respectively, of volatile matter for the gaseous component
presented as i.

Two different pyrolysis kinetic models are used in this study
and their performances in the overall modeling of BFBGs are
compared. The first model is based on the work done by Nunn
et al.'s on wood at high heating rates of 1000 K/s. The kinetics
equation is the same as Eq. 5.

The second model is based on our previous experiments on
beech wood pyrolysis at moderate heating rates. A brief de-
scription of this model is presented. The experimental results of
a previous study'? and also other pyrolysis studies?>2¢ show
that the final yield of each gaseous product rises by increasing
heating rates. Therefore, to account for the change of gas yields
with heating rates, the first-order kinetic model presented by
Eq. 5 was modified in a way that V* was a function of heating
rate. This was done by using a simple first-order model that
related the change in the concentration of each gas precursor in

AIChE Journal December 2006 Vol. 52, No. 12

Published on behalf of the AIChE

the virgin biomass (V%) to heating rate. This can be described
as follows:

dve
d(1/B)

—K,V* or V¥ = Viexp(—K,/B) (6)

where 3 is the rate of temperature increase in the particle
(dT,/dr). Tables 3 and 4 tabulate the kinetic parameters calcu-
lated by Nunn et al.'> at high heating rates and those of our
previous work at moderate heating rates, respectively.

Secondary Pyrolysis or Tar Cracking. The thermal crack-
ing of tar, also known as secondary pyrolysis, is another
important step. Because more than 60% of the primary pyrol-
ysis product accounts for tar, this step also has an important
impact on the accuracy prediction of final gas composition. The
tar cracking takes place in the gas phase. Boroson et al.?®
studied the homogeneous cracking of tar resulting from sweet
gum hard wood and developed a first-order kinetic model.
Their model was adopted by Roth et al.?® to calculate kinetic
parameters for beech wood. That model is also used in this
study:

tar(gas) — vg,H,(g) + von,CH4(g) + ueoCO(g)
+ vCOzCOZ(g) + vtartarinert (7)

The stoichiometric coefficients (v;) are presented in Table 5.
The kinetic model is as follows?7:

93
rcmcking = vi104.98exp<_ ﬁ) (ptar) (8)

Table 3. First-Order Kinetic Parameters of Primary
Pyrolysis: Model 1

Log(ko;) E; v
No. Component (1/s) (kcal/mol)  (kg/kg biomass)
1 Total devolatilization 4.53 16.5 92
Total gas 4.53 11.8 41
2 H, 6.7 27 2.0
3  CH,/C,H, 3.79 16.6 3.6
C,H/C;H,
4 CO 3.36 14.6 17.0
5 CO, 3.77 14.3 6.0
6 H,0 3.35 11.5 5.14
7 Char = 100 — (total devolatilization)
8 Tar = (total devolatilization) — (total gas release)

Based on the work of Nunn et al.'5 See also Hajaligol et al.?”
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Table 4. Kinetic Parameters of Gas Evolution during Primary Pyrolysis: Model 2

Total Devolatilization Parameters for Each Pseudocomponent

No. Component Log(ky,) (1/s) E; (kJ/mol) C,
1 Cellulose 13.9 192 0.61
2 Hemicelloluse 10.2 133 0.27
3 Lignin 3.1 86 0.11
Individual Gas Kinetic Parameters
No. Component Log(ky) (1/s) E; (kJ/mol) VE (wt %) % k, n
1 H, 1.7 85 1.6 — 14.5 1
2 CH, 1.1 45 1.1 — 8.2 1
3 cO 4.8 50 7.5 — 11 3
4 CO, 3.0 34 15 — 6.2 3
5 H,0 13.56 149 — 4.8 — 1
6 Tar 12.0 113 — 63.8 — 1
where p,,, is the density of the tar in the gas stream and v, is the P
stoichiometric coefficient as presented in the Table 5. Pe = pr (E YigM:) (12)

Tar Combustion. Tar material, like char and other combus-
tibles, is subject to combustion. The kinetic model of Brydon et
al.3! was used in this part for the combustion of tarry materials:

CH, 52000.0228 + 0.8670, — CO + 0.761H,0

re = M9.2 X 10°T exp(—9650/T) )

where My, the molecular mass of tar material, =90 kg/kg mol
according to Brydon et al.3!

Homogeneous and Heterogeneous Reactions. Table 6
shows all the homogeneous and heterogeneous reactions in-
volved in the gasification of biomass. These reactions take
place after the primary pyrolysis of biomass in the bed and
freeboard.

Mathematical description of the model

Fluidized Bed. The following presents the mass balance
for the gas phase in the bubble and emulsion phases (Eqs. 10
and 11) and mass balance for the char particles in the ascending
and descending phases (Eqs. 12 and 13):

® Bubble phase

d(p yi,bub)
—&, gdiz + Kbepg(yi,e - yi,h) + Sb(l - 'Yb) E Uini
878
+ 8,7 Z Uini =0 (10
g—s

e Emulsion phase

® Char balance in the ascending phase

as

d
as,0 TZ + KM( Cds,c - Ca:,c) Afax + Afas z Ui,oRi = 0

g=s

(O]

13)

® Char balance in the descending phase

dx,,
_wds,O TZ‘] + Kw(cas,c - Cds,c)Aﬁz: + A(l _ﬁls) E Ui,cRi = 0

g—s
(14)
e Char concentration in countercurrent regions
C wa.s‘,O ( 1 X )
as,c Ua sfa xA as.
W50

Cpe = — (1 — Xy 15
Is,c defde ( (1‘) ( )

Equations 10 and 11 give the gas concentration profile in the
bed, whereas Eqgs. 12 and 13 provide the char conversion
profile in the bed, which is needed for char reaction kinetics.
Thus, these equations must be solved simultaneously for all the
gas species to obtain produced gas compositions and yields in
the bed. The boundary condition for these equations is pro-

Table 5. Stoichiometric Coefficients for Tar Cracking

d(p yi,cue)
_(1 _ 5b)8mfg7

dZ + Kbepg(yi,b - yi,e) + (1 - 8b)smf

X D uR+ (1 —8)1—e,)>yR =0 (11)
88 85

Component v;
H, 0.0173316
CH, 0.0884052
CO 0.563316
CO, 0.1109316

Secondary tar

0.22

The gas density is calculated assuming an ideal gas behavior:
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Table 6. List of Heterogeneous and Homogeneous Reactions Involved in Gasifiers

No. Chemical Reaction Kinetic Reference
R1 AC + 02 —=2(A — 1)CO + (2 — M)CO2 dax — 13.078 Wurzenberger et al.?¢
1 =—= 15X 10%xp| —+— |po,(1 — X.)'?
dr Ty
A =3 10%exp( 78
- N\,
R2 C + H,0 —-CO + H, kpuo Waurzenberger et al.>¢
T k3P0 + kup, /s
— 18522
ky =493 X 103exp<7)
Tyar
— 3548
k; = 1.11 X 10 exp
par
25161
ky = 1.53 X 10 %exp
par
R3 C + CO, — 2CO ry =2 X IO*Bexp(—360,065/T,,(,,)[C02] kmol m ™3 h™! Biba et al.32
R4 CO + 1/20, — CO, rs = 10'7°exp(—20,000/T,)[COI***[H,0]** kmol m > s~ Bryden and Ragland3!
RS H, + 1/20, <> H,0 re = 2.19 X 10"exp(—13,127/T)[H,][O,] Wurzenberger et al.3

R6 CH, + 20, — CO, + 2H,0

r; = 1.58 X 10'®exp(—24,343/T,)[CH,]*7[0,]"*

ry =27 % 1036Xp<* 1%) [[co][Hzo] - <[C°;(ﬂﬂ

3.1

— 4.98 93 -3
Teracking = Ui10*7exp| = oo | (pia) kg m ™7 s

R7 CO + H,0 — H, + CO,
3968
K* =0.0265exp| ——
Tb’
R8 Tar cracking reaction
RO Tar combustion

rg = My 92 X 10°T exp(—9650/T) kg m 3 s™!

Wurzenberger et al.3¢

Biba et al.32

Hajaligol et al.?’

Bryden and Ragland3!

vided by the fluidizing gas composition at the distributor level
and pyrolysis model at the feeding level.

Table 7 lists the hydrodynamic parameters used in the pre-
ceding equations along with the necessary correlations to esti-
mate these parameters. The velocities of the ascending and
descending phases are derived from the previous hydrody-
namic studies in our lab.'* In the same study, it was shown that
the K, value given by Hoffmann et al.?> was in a good agree-
ment with our experimental data at high temperatures. There-
fore, this correlation, as shown in Table 7, is used herein to
calculate the transfer coefficient between the countercurrent
regions. Table 7 also represents another correlation for K|, (that
is, the Kocatulum correlation3¢), which results in a larger
deviation with our experimental data on the mixing study at
high temperatures. This correlation is merely used to evaluate
the effect of K, on model prediction. It is assumed that the K|,
calculated for the sand particles can be used for the char
particles. This is justifiable by considering that K, is more
dependent on the bubble diameter.

Freeboard. The freeboard region above the bed provides a
space not only for disengagement of solids but also further
reactions. The gas that leaves the bed enters the freeboard
section that behaves as a second reactor in series with the
fluidized bed. Homogeneous and heterogeneous reactions as
well as tar cracking continue in the freeboard region. Models to
predict the entrainment of particles from the bed are available
in the literature.3” As was mentioned earlier, biomass materials
contain a low proportion of char and a large proportion of
volatile matter (see Table 1). As a result, it is assumed that the
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char particles are consumed in the bed and thus entrainment of
the char is negligible.

A plug-flow model in this condition of low solids concen-
tration and gas velocity is reasonable. Tar cracking and water—
gas shift reactions are the most important reactions that take
place in this region. Depending on the biomass feeding loca-
tion, other combustion reactions may also occur in the free-
board. The mass balance for each species in this region is given
by the following differential equation:

d(”/Pi,g)
Ty T2 Uk (16)

878

where u,is the gas velocity in the freeboard, p; is the density of
different gas species, and R; is the gas-phase reaction rate
determined by the kinetics presented in Table 6.

Results and Discussion
Model comparison with experiments

The experimental data in this study were collected in a
fluidized bed gasifier with a top feeding of biomass close to the
bed surface (see Figure 1). As was shown by Corella et al.,?®
the location of biomass feeding (from the top or bottom of the
bed) affects the distribution of gaseous products. In feeding
from the bottom, pyrolysis products pass through the bed and
thus there is a better mixing of the product gases resulting from
pyrolysis. Moreover, tar, in this case, is more prone to crack

DOI 10.1002/aic 4263



Table 7. Hydrodynamic Parameters Used in This Study

Parameter

Correlation

Reference

Minimum fluidization velocity

Bubble diameter

Bubble velocity

Bubble fraction

Re, ., = [(27.2)% + 0.0408 Ar]®° — 27.2

d, = dy,, + (dyy — dp,,)e” 37"

dy,, = 0.65[m/4d?(uy —

dyo = 1.3/g%%(uy —

Up = Uy = Upyy + Uy,

u,, = 0.711(gd,)°"

u

0.4
mp)]

0.4
umj/Nor)

Grace??

Kunii and Levenspiel'8

Davidson and Harrison3*

Kunii and Levenspiel'®

Kunii and Levenspiel'8

Kunii and Levenspiel'8

Kunii and Levenspiel'8

Radmanesh et al.'4
Radmanesh et al.'4

Radmanesh et al.!#

U T Uy
& = Up = Upyy
Bubble-cloud transfer coefficient Uy 5.85D%5 g0-25
be = 4.5 + T
d, d,
Cloud-emulsion transfer coefficient De, ), 0.5
K..=6.77 3
d,
Bubble-emulsion transfer coefficient 1 1 1
K. Kn K.
Fas 0.45 < f,, < 0.5
U,, (m/s) 0.03 < U, < 0.07
U, (m/s) 0.05 < U, < 0.07
Wake exchange coefficient 0.081
K, =
28mfdb
Wake exchange coefficient u,
K, =0.807 7
b

Hoffman et al.3>

Kocatulum et al.3¢

and the yield of stable gases increases as a result. Feeding into
a bed of sand at a temperature of 800°C, however, is not always
an easy task. Furthermore, as shown in this work, feeding into
the bottom of the bed, where oxygen still exists, leads to the
combustion of some combustible gases and may even reduce
the final heating value of product fuel gas. In feeding from the
top, the gas phase, including the tar, does not pass through the
hot bed. The char particles in the bed undergo combustion and
gasification (R1-R3). The resulting gases from these reactions
(CO and CO,) mix with the pyrolysis gas, which are calculated
from the pyrolysis model. Homogeneous reactions, especially
tar cracking and shift reactions, continue in the freeboard area
of the reactor. The high temperature of the freeboard in these
experiments favors the tar cracking reaction in this zone. How-
ever, depending on the flow rate of gasifying agent (that is, air)

and whether all the oxygen has been consumed in the bed,
some gas-phase combustion may also occur in this section.

Several experiments were performed with beech wood in a
bubbling fluidized bed reactor. The experiments were done at
different equivalence ratios (ERs). ER is an important param-
eter in the air-blown biomass gasification.*4° It is defined as
the air-to-fuel mass flow ratio used in the experiment divided
by the air-to-fuel mass flow ratio required for a complete
combustion. Table 8 summarizes the operating conditions in
each gasification experiment and the resulting gas-phase prod-
uct composition.

The profile of each gas along the height of the reactor is
calculated by solving Eqs. 9-14 in the bed and freeboard.
Boundary conditions for the balance equations in the bed are
given by the pyrolysis kinetic model, which gives the compo-

Table 8. Experimental Operating Condition and Product Gas Composition in Dry Basis

Gas Composition at Exit (Dry Basis %)

Run T,.q (°C) T, (°C) m, (g/min) u* (m/s) ER H, CH, co co, N,
1 805 750 12 0.21 0.32 9.2 25 16.2 12.7 59.6
2 800 760 14 0.17 0.23 115 4.1 205 12.9 50
3 805 755 13 0.38 0.48 59 0.60 9.2 12.8 71
4 800 740 18 0.13 0.13 143 45 27.0 8.60 56
5 815 740 15 0.17 0.22 14.7 44 202 118 49
6 800 730 16 021 0.24 11.7 33 20 12.4 53
7 800 740 55 0.17 0.66 48 0.93 11 14 69

Air velocity at the bed condition.
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Figure 3. Concentration profiles of the gases along the reactor height.

Comparison of two pyrolysis kinetic models. 7, = 800°C, T,

sition of the gases, tar, and char; these gas compositions con-
stitute a boundary condition for the gasification in the bed. Two
kinetic models, presented earlier, are used in this part. Gas
composition calculated at z = H,,, provides the boundary
condition for the freeboard section.

Figure 3 portrays the concentration profile of the four major
gases as a function of reactor height resulting from the first and
second pyrolysis kinetic models (Tables 2 and 3) at a bed
temperature of 7 = 800°C and ER = 0.32. It also compares
two models with the experimental results of beech wood gas-
ification at the same operating conditions. This figure demon-
strates the importance of the pyrolysis step in final gas com-
position. As it shows, the first pyrolysis kinetic model, which
was derived at higher heating rates, can satisfactorily predict
product gas composition. This, apparently, suggests a change
in pyrolysis mechanism at very high heating rates, which forces
a new distribution in the final product gas concentration. There-
fore, the kinetic model derived at higher heating rates estimates
the final gas composition relatively better than the one derived
at lower heating rates.

The dotted lines in Figure 3 represent the feeding location,
which is at top of the bed at height of z = 0.20 m. As a result
of the sudden pyrolysis of wood in the feeding area, abrupt
changes in the gas concentrations can be observed at that
height. The model is able to predict the composition of product
fuel gas. Figure 4 shows the same profile for the first pyrolysis
kinetic model but at ER = 0.13. Oxygen concentration is also
shown in this figure. The concentration of oxygen drops from
the bottom to the top of the bed and it almost disappears at the
feeding point.

Figure 5a compares total gas yield predicted by two pyrol-
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= 740°C, and ER = 0.32.

ysis kinetic models with the experiments at different ER val-
ues. The gas yield is defined as the total mass of gas produced
at the exit of the reactor (top of the freeboard) divided by the
mass of consumed biomass. The two models result in very
close prediction of total yields. However, the distribution of
gases, which is a determining factor in heating value of the gas
product, is entirely different. The higher heating value (HHV)
of the dry gas at the standard state can be estimated by the
following equation”:

HHV = (12.75[H,] + 12.63[CO] + 39.82[CH,])/100 MJ/Nm’
(1r7)

This equation was derived based on the heat of combustion
of different gases. The gas concentration in Eq. 17 is in mol %.
Figure 5b shows the HHV estimated by Eq. 17 for the product
gas as a function of ER. The difference in the product distri-
bution arises mainly from the prediction of CO and CO,, where
the second model always overestimates the yield of CO, and
underestimates that of CO. Thus, the heating value of the gas
predicted by the first model is higher than that by the second
model and experimental data. Figure 5a also demonstrates an
increase in the total gas yield by increasing ER. This is in
accord with previous studies.***!' Both models are able to
predict the gas yield increase with ER. The heating value of the
product gas, however, decreases by increasing ER because of
the larger contribution of CO, in the yield of gaseous product.!®
This, in turn, is a result of a higher contribution of combustion
(of char, tar, and other combustible gases) and a lesser contri-
bution of gasification in the overall reactions with increasing

DOI 10.1002/aic 4265
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Figure 4. Concentration profile of the gases along the reactor height.

Tyeq = 800°C, T, = 740°C, and ER = 0.13.

ER. The dilution of the product gas by N, also contributes to
the lower HHV at higher ER.

The effect of ER on dry gas composition and yield of each
individual gas are presented in Figures 6 and 7. The lines in
these figures represent the model resulting from the first py-
rolysis kinetic model'> and symbols are the experimental
points. An increase in ER brings about a decrease in the
concentration of H, and CO and a substantial increase in CO,
concentration in dry gas product. This is because of the in-
creasing role of the char combustion in the bed compared to its
gasification reaction, which results in lower concentration of
combustible gases and higher CO,. These results are in agree-
ment with the previous result published by Gil et al.*' Lim et
al.” reported the same trend of gas composition changes with
air ratio (ratio of actual air to stoichiometric required air) in a
circulating fluidized bed.

The model can also predict the amount of tar content in the
produced gas. The effect of ER on tar content predicted by the
model is presented in Figure 8. As has been well established, an
increase in ER promotes combustion of produced tar and thus
reduces the tar content in the exit gas. The amount of tar
presented in this figure is the summation of initial tar and final
inert tar in the kinetics of tar cracking (Eq. 7). Narvaez et al.*°
reported a lower tar amount in the range of 0.010-0.025
kg/Nm?, compared to 0.04-0.1 kg/Nm? presented in Figure 8,
in their air-blown fluidized bed gasifier with bottom feeding of
biomass. Their experimental data clearly show, however, the
same trend in the tar content with ER. The main reason for the
higher tar amount predicted by the model compared to the
experimental data of Narvaez et al.* lies in the feeding loca-
tion. A greater degree of combustion of tar material takes place
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Comparison of model with experiments (top feeding).

in the bottom feeding where biomass is directly fed to a rich
oxygen zone close to the distributor.

Sensitivity analysis

The model shows a good agreement with the experimental
work of this study. The model also enables investigators to
study the influence of operating and hydrodynamics variables.
The variables selected for the analysis are feeding point of the
biomass (that is, top and bottom feeding), ER, bed temperature,
type of gasifying agent, and K, or the transfer coefficient
between the countercurrent regions. Model predictions in each
case are compared with other experimental data that was car-
ried out at the bubbling fluidized bed with different diameters.
The model is also extrapolated to higher flow rate of gasifying
agent and the effect of superficial gas velocity is considered on
the heating value of the gaseous product.

Air-blown BFBG

Effect of Feed Location. Corella and coworkers have done
extensive experimental work on biomass gasification in bub-
bling fluidized bed reactors.**-*> Because the size of the fluid-
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Comparison of the model with experiments (top feeding).

ized bed used in this study is very close to that used by these
authors, their experimental results are compared to the model.
This also allows an investigation of the effect of feeding
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Figure 8. Tar content in the exit gas from the gasifier
under normal conditions.

DOI 10.1002/aic 4267



18
o H,
16 | — 8 o o a
a CH | O 0" 0
14 4 — T I3
o
o co ¢ © ©
w 12{° * .
% o Co,
o J—
S, 10
©
® 8
o
= g
4 4
2
0 ; . . - .
0.20 0.25 0.30 0.35 0.40 0.45 050
ER
20
o H,
184
A oM | T~ N b
164
1a{ © ©© 8 \
.. o oS
12{ O €% oot

Mol % dry basis
=

T T T T T T T
680 700 720 740 760 780 800 820 840 860

Temperature (°C)

Figure 9. Model vs. experiments#® in air-blown BFBG
with bottom feeding.

(a) Effect of ER on concentration at 7 = 800°C. (b) Effect of
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location on gas compositions. Narvaez et al.*® studied air
gasification of pine sawdust in a bubbling fluidized bed of
0.06 m ID. Contrary to our experimental work, the feeding of
wood particles in their experiments takes place at the bottom of
bed (that is, 0.05 m above the distributor). The model was
adapted to a bottom feeding of wood particles. The superficial
gas velocities in both experiments are almost in the same
ranges [u = (2-3) X u,,]. Therefore, the same range of
parameters for char mixing in the bed was assumed to be
applicable here as well. Moreover, back-mixing of the product
gases has only minor importance because of the low superficial
gas velocities.

Figure 9 compares the model results with the experimental
work of Narvaez et al.*° Figure 9a shows the effect of ER and
bed temperature on the dry gas composition of the product fuel
gas. The effect of ER on gas concentrations is almost the same
as the top feeding presented in Figure 7. Figure 9a shows a
disagreement between the model and experimental data of
Narvaez et al.*® with respect to CO and H, concentration.
Higher ER values result in greater combustion of char and
combustible gases and thus one expects a drop in the concen-
tration of CO and H, at higher ER. The lower heating value
(LHV) at higher ER reported by Narvaez et al.*® and other
researchers is also another evidence for this trend. Although
Narvaez et al.** mentioned in their article: “In the interval
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studied for ER (from 0.20 to 0.45), on increasing ER, the
amount of fuel gases (H,, CO, CH,, and C,H,) decreases . ..”,
their experimental data, also reflected in Figure 9a, do not
demonstrate that. The effect of bed temperature at a constant
value of ER = 0.3 is presented in Figure 9b. High temperature
greatly favors the gasification reactions (R2 and R3 in Table 6)
and, as a result of that, the heating value of the product gas
increases. This is reflected in Figure 9b where the concentra-
tions of H, and CO substantially increased from 700 to 800°C.

Both model and experimental data show a difference on the
distribution of product gases between top and bottom feeding.
In bottom feeding, the product gases from the pyrolysis step
enter directly into the region of the bed where the concentration
of oxygen is high. As a result, light gases, such as H, and CO,
as well as tar, are prone to combustion in the bed. In top
feeding, on the other hand, the gas product from the pyrolysis
step enters in a region that has already become depleted of
oxygen, mainly through the char combustion in the bed. Con-
sequently, concentrations of H, and CO are higher in the top
feeding. This is also reflected in Figures 10a and 10b, which
show the effect of temperature and ER on HHV of the product
gas. A comparison between this figure and Figure 5b shows a
lower heat content of the gaseous product in bottom feeding.
The HHV of the product gas resulting from top feeding, how-
ever, is disfavored by the higher quantity of tar, which is less
prone to cracking and combustion in top feeding.
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Figure 10. Higher heating value of gas at different ER
values and bed temperatures.

Lines represent the model and symbols represent the exper-
imental work.40
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Table 9. Gasification Condition for Extrapolation
of the Model*

Air Velocity (m/s) ER m,, (g/min) u, (m/s) K, ("
0.29 0.25 23 0.4 0.64
0.38 0.25 30 0.45 0.85
0.53 0.25 42 0.56 0.86
0.76 0.25 60 0.73 1.2
Conditions: 7, = 800°C, T, = 540°C, bottom feeding.

Effect of Gas Velocity. The model is also extrapolated to
higher superficial gas velocities. Table 9 presents gas velocities
and other corresponding parameters used in the extrapolation.
The bubble velocity and K|, presented in this table are those
that were based on the RPT measurements at elevated temper-
atures. The extrapolation is carried out in a reactor with the
same size and solid particles as in this study (see Figure 1).
Changes on the superficial gas velocity have an impact on the
hydrodynamics of the bed. Hydrodynamic changes take place
mainly by changing bubble diameter and velocity. It also
affects the residence time of the gas phase and, consequently,
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fuel gas distribution. Figure 11 shows the effect of superficial
gas velocity on the fuel gas composition at two different ER
values. Concentrations of H, and CH, drop by increasing air
superficial velocity, resulting in a slightly lower HHV value by
increasing gas velocity. The flow rate of gas that flows in the
bubble phase is proportional to u — u,,. At ER = 0.35, by
increasing gas velocity more gas flows in the bubble phase and,
consequently, more oxygen is available in the bubble phase. As
a result, more gases are prone to combustion in this phase.
Because the combustion of H, is very rapid compared to that of
the others, a larger reduction in concentration of this gas can be
observed in the product gas. Nevertheless, concentrations of
CH, and CO also drop initially, causing an increase in CO,
concentration at ER = 0.35. The latter drop in CO, concen-
tration is likely the result of a dilution effect of N, at higher air
mass flow. A similar trend is observed at higher ER values.
A value of ER = 0.25, however, is a turning point, where the
amount of oxygen in comparison to biomass is low to the
point that almost all oxygen content is indeed consumed by
the fast char oxidation reaction. Therefore, the concentra-
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Figure 12. Gas composition and heating value of the
product gas predicted by the model using a
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tions of combustible gases do not drop as significantly as at
ER = 0.35.

Effect of K,,. In our previous study, the transfer coefficient
between the countercurrent regions (K,,) was found to be in the
range of 0.6—1.7 s~ for different superficial gas velocities and
bed temperatures.'* Among all the correlations for K, the one
given by Hoffmann et al.?> shows a better agreement with the
experimental data at high temperatures. All other correlations,
including the one given by Kocatulum et al.,3¢ overestimate the
value of K.

To investigate the effect of K, on the final composition and
heating value of product gas, this correlation, as presented in
Table 7, is selected. The model was solved for an air-blown
gasifier with a bottom-feeding condition using the new value of
K,,. Figure 12 presents the simulation results at a bed temper-
ature of 7 = 800°C and different ER values using a K, value
given by Kocatulum’s correlation. The experimental conditions
are the same as those presented by Narvaez et al.*° The K|,
calculated by Kocatulum’s correlation in this condition is K, =
5s~'. As Figure 12 shows, the heating value of the product gas
is lower than the value based on K,, given by Hoffmann et
al.3sand experimental data of biomass gasification in a bubbling
fluidized bed given by Narveaz et al.*® (see, for example,
Figure 10). This arises from the lower concentration of H, and
higher concentration of CO, in the product gas. The competi-
tive fast combustions of char and H, in solid and gas phases are
affected by the hydrodynamics of the bed. A larger value of K|,
promotes radial mixing in the solid phase but at the same time
decreases the contribution of oxygen consumption through char
combustion reaction, which results in a higher contribution for
the H, combustion. Interestingly, the agreement between sim-
ulation results and experimental data is more satisfactory when
using a K, value close to the calculated range in solids mixing
study at high temperatures.'# This reveals the sensitivity of the
model to the transfer coefficient between the countercurrent
regions.

Steam-blown BFBG: effect of gasifying agent
In this stage, the BFBG model is applied to steam gasifica-
tion of wood. The same strategy, as was presented for air-
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blown gasification without any adjustable parameters, is used
for steam-blown gasification in this section. Experimental re-
sults of Herguido et al.**> were carried out in a 0.15 m ID
fluidized bed with bottom feeding. Figure 13 compares their
experimental results for steam gasification of sawdust with the
model. Figures 13a and 13b show the effect of steam to
biomass mass ratio (SB) and bed temperature on the gas
composition of the product gas, respectively. Unlike air gas-
ification where the product gas is rich in CO, and CO, steam
gasification results in H,-rich gas. The model is capable of
predicting the composition of the hydrogen in the final product
gas.

Concentrations of both H, and CO, increase by increasing
SB. This can be explained by the shift reaction, where the
higher water concentration favors the production of CO, and
H,. Gil et al.#! reported the same trend in concentration of
gases in steam gasification of wood in BFBG. It is worth noting
that biomass gasification using steam as the only gasifying
agent does not correspond to industrial reality because of its
lack of autothermicity. In reality, it is always necessary to use
some air to provide the required energy for the endothermic
reactions involved in steam gasification.
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(a) Effect of SB on concentration at T = 750°C. (b) Effect
of temperature on concentration at SB = 0.75.
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Conclusions

A model was developed for biomass gasification in a bub-
bling fluidized bed reactor. The model takes into account the
pyrolysis and various heterogeneous and homogeneous reac-
tion kinetics as well as the hydrodynamics of the bed and
freeboard. The model consists of no adjustable parameters.

A two-phase model was used to describe the gas phase in the
bed, whereas a CCBM model was applied for the char mixing
in the bed. It was shown that pyrolysis is an important step in
the overall gasification model that can determine the distribu-
tion of products and thus the heating value of product fuel gas.
Better results were obtained when using the pyrolysis model
developed by Nunn et al.,'s which was developed at higher
heating rates. The gasification models, developed based on the
first and second pyrolysis kinetic models, were both able to
predict the variation of total gas yield with ER. However, the
first kinetic model could more satisfactorily follow the distri-
bution of gases and thus the heating value of the product fuel
gas. The BFBG model also showed good agreement with
experiments on steam gasification of wood, whereby concen-
trations of SB, H,, and CO, rise and that of CO drops.

Notation

C; = contribution coefficient of each pseudo component in biomass
(see Table 4)
— : -1 -1
C, = heat capacity, ] kg™ K

d = diameter, m
E = activation energy, kJ/mol
heony = convective heat transfer coefficient, W m 2 K™
K, = thermal conductivity of gas, W m~' K™
ko, = frequency factor for component i, 1/s
K = transfer coefficient, 1/s
M; = molecular weight of component i, kg/kmol
n, = parameter in Eq. 3
R; = rate of reaction for component i
Re = Reynolds number
Pr = Prandtl number
Tyeq = bed temperature, K
T, = particle temperature, K
u = gas velocity, m/s
U = countercurrent regions, m/s
V; = release volatile matter, wt %
V* = ultimate final yield for component i in pyrolysis
X = conversion of char
X,m = volatile content in the wood, wt %
y; = weight fraction of component i in the gas
z = height of the freeboard, m
Subscripts

as = ascending phase
b = bubble
bc = bubble-cloud

be = bubble-emulsion
¢ = char
ds = descending phase
f = freeboard
i = gaseous components in the product gas j
j = reaction index
p = particle
w = wake

Greek letters
8, = fraction of bed in bubble

¥, = fraction of solid in bubble, m*/m?
& = emissivity coefficient
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&ne = porosity at minimum fluidization velocity, m/s
¢ = parameter in Eq. 3
p; = density of component i, kg/m*
7 = characteristic time

v, = stoichiometric coefficient of component i
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